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Abstract. A heterogneous une dimensional model for the low temperature shilt converter is developed
taking into consideration interphase as well as intraparticle mass and heat transfer resistances for the
catalyst pellet. The model performance is checked against live industrinl reactors in two different plants
in Saudi Arabia, The agreement between the modcl results and the industrial results js very pood. The
maodel is used in an application program with (he necessary data base for the the physico-chemical
parameters, The program is equipped with user friendly input screens with the output obtained as tables
and graphs. The package is also equipped with the facility 1o compute the optimal temperature porofile
for constrained and unconstrained optimization, The package can he used for simuiation, design and
optimization as well as training.

Nomenclature

Cross sectional area of the reactor

b,s = Subscripts for bulk and surface variables
= Concentration of reactants and products.

G = Bulk phase concentration.

Crs = Reference concentration.

C = Average molar specific heat.

dp = Pellet cquivalent diameter.

D = Bulk diffusion coefficient.

D, = Effective diffusion coefficient

E = Activation energy of the reaction.

h = External heat transfer coefficient.
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Heat of reaction.

Mass velocity of the gaseous mixture.

Rate constant,
Mass transfer cuelfficients.
Equilibrium constant.
Reactor length coordinate
Length of reactor.
Molecular weight.
Molar flux obeying Fick’s Law.
Molar flow rate,
Nusselt number
EEE

A‘e

Total pressure

Reynold’s Number.
Gdp
“
The particle radius
The Universal gas constant
Rate of reaction.

Temperature of the bulk gas.

Temperature of the surface of the pellet.

Reference temperature.

Fractional conversion.

Mole ratio or dimensionless concentration.

(CA/CArcf)

Dimensionless bulk phase concentration.

(CAbl Cref)

Dimensionless bulk phase temperature.

Thrr ef

Dimensionless depth of reactor.
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-AHD.C

e ~ref
keTret'
LY = Thermicity [actor for the reactor

-AH
CPTmr

¥ = Dimensionless activation energy
3 = Diffusibility.
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Porusity of the catalyst pellet.

= The ¢if¢ctiveness factor.
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Effective thermal conductivity of pellet.
= Viscnsity of fluid.

= Density of the gases.

= Tortuosity factor.

Thiele Modulus.

= Activity factor of the catalyst.
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= Dimensionless radial distance inside the pellet.

1. Introduction

Shift converters are important pas-solid fixed bed catalyic reactors in the ammonia
production lines where the carbon monoxide is treated with steam to produce hydro-
gen and carbon dioxide, thus purifying the gas from CO and enriching the gas stream
with hydrogen [1]. Shift converters are alse used in hydrogen production lines to
purify the hydrogen before being used in applications such as hydrocracking [2,3, pp.
101-107;4). The low temperature shift reaction is used as the sccond process foltow-
ing the high temperature shift rcaction, but at lower temperature 1o insure purifica-
tion of the gas from CO to about 0.3 -0.5%

The high temperature shift reactor (HTS) using iron oxide catalyst is used to
convert most of the CO 1o hydrogen and carbon dioxide. However, since high tem-
perature favors high CO content even at equilibrium, the (HTS) cffluent still con-
tains about 3% CO. The cifluent gascs from the (HTS) are usually treated in low



temperature shift reactors (LTS) which uses copper-zinc catalyst and operates in a
lower temperature range giving exit gases that contain less than 0.3% CO which is
eventually remaved in the methanator.

The first commercial application of (LTS) catalyst dates back to 1930 [5]. The
catalyst has been subsequently improved and have found widespread commerical
application since the early 1960’s. The studies on (LTS) are relatively recent [6-13]
and are not as exhaustive as that for the (HTS) [14-16]. The simulation study of Singh
and Saraf on the low temperature water-gas shift reactor [15] has used a simpic rate
cquation than the one used in this study and also did not solve the diffusion reaction
equation for the evaluation of the non-isothermal effectiveness factor. They also did
not take into consideration the change of physical properties along the length of the
reactor. These factors, especially the simplified rate cquation has in many cases
resulted in their model over-gstimating the CO conversion.

In the present study for the simulation, design, and optimization of these reac-
tors a heterogencous one dimensional model is developed using a more realastic rate
¢quation than the one uscd by Singh and Saraf [15]. The mode! takes into considera-
tion the different resistances associated with the catalyst pellets. The two point boun-
dary value differential equations of the catalyst pellets are solved using the ortho-
gonal collocation methad [17]. The resulting model is then coupled with a physical
properties to the model. The overall model is solved for the conditions of four indus-
trial reactors and the results of the model are compared with the industrial results.

The model is then used to develop an casy to use reliable computer package
simulating the industrial low temperature water gas shift reactors. The software
package is user friendly that can be used by a wide spectrum of people in the plant.
It can be used in simulation, design, optimization and training as well as for on-linc
determination of catalyst activity. It is flexible, self contained with graphical capabil-
ties to describe entry and exit conditions.

2. Mathematical Modeling of the Low
Temperature Water Gas-Shift Converter (LTS)

The derivation of the mathematical model that describes the performance of the
low temperature shift converter (LTS), is presented in the following sections.

Diffusion through catalyst pore represents a considerable resistance to mass and
heat transfer, which gives rise to concentration and temperature gradients within the
catalyst pellet. This causes the rate of reaction in the solid phase to be different from
that obtained where the bulk phase conditions prevail inside the particle, and the
average rate of reaction on the pellet should be integrated to get the actual raie of
reaction.

The effectiveness factor 1 is often used in the heterogencous model to include
the external and the intraparticle mass and heat transfer effects [19-22]. The actual



rate of reaction is obtained as the product of # and the rate at bulk conditions.

Heterogeneous models differ from pscudo-homogeneous ones in that the pre-
sence of the solid phase and the resistances it offers to both mass and heat transfer
are taken into account. Mass and heat balance equations are formulated not only for
the bulk of the fluid phase, but also for the solid catalyst phase.

The water gas shift reaction,
CO+H,0=2C0, +H,
may be represcoted by
A+B=2C+D
where A, B, C, D are CO,H,0,C0O,, H, respectively.

The rate equation used is the one applicd by Rase [23] and it was chosen after careful
study [23,24,25]. The rate equation is in the form:

(X Xp — X X/K) b moles CO reacted
R=ky (1)
379¢q, (Ib catalyst) hr

Where
k = Rate constant

= exp (12.88 - 3340/T) Tin "R
Y = Activity factor for the type of catalyst
=0.86+0.14P for P< 248
=433 forP>248 @)

Multiplying the rate equation by p, (bulk density of catalyst) to obtain the rate of
reaction in units of moles of CO converted per unit volumes of catalyst per seconds,
and converting the units to c.g.s. units, the rate equation becomes

g-mole of CO reacted
R=k"P(X Xy — X X,/K) (3)
cm? catalyst sec

where
k™ = ke B/RT Tin’K



The above pre-exponential factor k, includes the diffusion effect as given by the
manufacturer [23]. The intrinsic rate constant is obtained as described in [24]. The
resulting intrinsic rate constant is used for reactor 1. For reactors I1, HI, and IV, this
intrinsic rate constont is modified to account for the change in surface area and
operating pressure.

The derivation of the differential equations describing the pellet mass and heat
balances is based on the following assumptions:

1. Catalyst particles have a homogencous porous structure.

2-  Mass transfer within the particlc of catalyst occurs by diffusion only which
may be expressed by means of a constant effective diffusion coefficeint D,
and the rate of intraparticle diffusion is described by Fick’s law,

3-  Heat transfer within the particle of catalyst occurs by conduction through
the solid portion of the pellets only. It is described by Fourier's law,

4-  Both mass and heat transfer inside the catalyst pellet take place in the radial
direction only.

A component material blance is made through a shell of thickness (dr) inside the
spherical particle. Atsteady state, the mass balance equation in a dimensionless form
is:

VX, =¢7 exp(y(1 - 1/Y))R’ )
where
R* = (XaXy ~ XXp/K)

and ¢ is Thiele modulus for the pellet defined as:

also
K" =K exp(-v)
and v is dimensionless activation energy defines as:
v = (E/RGT )

Equation (4} is a second order differential cquation of the boundary value type hav-
ing two split boundary conditions:

atw=10 dXfdw =10 (5-a)



atm =1 dX fdw = Sh(X, - X,) (5-b)
wherei= A,B,C,Dand X, = X{w =1)
The steady state enthalpy halance over the shell of thickness (dr) is given by :
VY= 47 BExp(y(1 - VY)R’ ©)
where fi; is the thermicity factor of the pellet for component i defined as:
B = (- AH)D, Cofh T

The boundary conditions being:

atw=0 dY/dw =0 (7-a)

atm=1 dY/dw = Nu(Y, - Y)) (7-b)

For a sphernical catalyst particle, the non-isothermal effectiveness factor (n) is
defined as:

The actual rate of reaction (R) Rate of reaction neglecting diffusion resistances
(Rg) \
In dimensionless form, the above equation becomes:

J.OI W BXp(Y(1=1/Y)) (X, Xg — XK p/K)de
n= 1 (8)
[ PExply(1 - 1Y )Xy X, - X XK )

it can also be written as

3
7 =GR, [ o?Rdo (9

The pellet mass and heat balances are described by second order differential
equations of the two point boundary value type. The orthogonal collocation method
with one internal collocation point was used to transform the differential equations
into a set of nonlinear algebraic equations. Previous investigations have shown that
one internal collocation point is adequate to give very accurate results for this prob-
lem [26,27]. The resulting set of algebraic equations is reduced to a single non-linear
algebraic equation using the well known stoichiometric and heat balance relations
(equations 19 and 20). The single non-linear algebraic equation is solved numerically



using the bisectional method [28]. The application of the orthogonal collocation
method [17] was also used to provide an ulgebraic cxpression for the integral repre-
senting the effectiveness factor (v). Thus () can be calculuted in terms of the dimen-
sionless lemperatures Y, Y, (The details of this is given elsewhere [24]):

n =[3/F (Yb)](wlF(Yl}+w2F(Y2))

= (0.7 R+ 0.3R,)/R, (10)

The heterogeneous model is developed in terms of the bulk variables with the
effectiveness factor introduced to account for the diffusional limitations, Certain
assumptions has been made for the overall reactor model, these are:

1- Distribution of gas flow velocity inside the converter is uniform.

2. The reactor is studicd under adiabatic steady state conditions.

1. Radial distribution of the temperature and concentration of the different compo-
nents inside the converter are uniform, i.e. the model is one-dimensional.

4. Heut and mass diffusion in the longitudinal direction are negligible considering
the very high gas velocities at which the reactor is operated, /.e. axial dispersion
is neglected.

5. Pressure drop across the reactor is negligible compared to the total pressure of the
reactor.

Al steady statc, a component molar balance on CO over an element of catalyst
of thickness dl and 4 cross sectional area (A), with a constant total molar flow rate
0., gives:

dn,/dl = -n AR (11)

where n,, is the molar flow rate of component A, and the rate of reaction is given by
[23,14]

R =kgp exp(- ERGT )X, Xp, — X¢, Xp JKp) {12)
In a dimensionless form, the equation hecomes:
dX apfdz = — o exp(y(1-1/Y,))(X o Xp, X, Xp, /Ky) (13)
Where K, is the temperaturc dependent equilibrium constant which is defined as [23]
(CO,)(H,)

(CONH,0)
= exp(-4.74+8640T) Tin°R (14)

K, =



Also (CO,).(H,},(CO),(H,0) are the partial pressures of the different specics in
equilibrium.

The hboundary condition at inlet of reactor is
atl=0, or z=40,

Xay = X, (15)

At steady state, the heat balance equation js:
dT /dl = A(—/_\H)nRInTCP (16)
In a dimensionless form, the equation will be:
dY/dz=ufim cxp(l—(lle))(XAhXBh - Xy Xn/Kp) an
The boundary condition is

atz =0,
Y, =Y, {18)

The bulk phase temperature can also be eomputed from the bulk phase concentra-
tion by making cumulative heat balance over the length of reactor (D) 1o give

Yy = Yo+ (X, - X,,) (19)

Therefore, there is no need 1o integrate equation (17) along the length of the
reactor, cquation (19) can be used instead,

The subroutine for the calculation of effectiveness factor is used at cach step of
the solution to oblain the values for (n), which is substituted in the material balance
€quation.

From stoichiometry, ut uny depth of the reactor, the concentrations of Cco,,
H,0, and H, can be expressed as functions of the bulk concentration of CO as fol-
lows:

Xip =Xy + a(fo‘ xAb) (20)
where i=B,C,D

‘The numerical integration of the material balance equation is accomplished by
a Runga-Kutta method [28] with variable step size for accuracy. Thus, the axial con-



centration, and temperature profiles are obtained for the shift converter perfor-
mance, together with variation of the effectiveness factor along the length of the
reactor. {e.g.: it varies in the range 0.2-0.4).

The instrinsic rate constant is measured for fine powders of the catalyst, and the
apparent rate constant is measured for different commercial pellet sizes. Catalyst
manufacturers provide rate equations with apparent rate constants including an
activity [actor which takes into account the effect of pressure and decay. Both the
apparent rate constant and the activity factor contain the effect of diffusionai limita-
tion. Thus, the computation of the intrinsic rate constant is necessary in order to
apply the concept of the effectiveness factor (n) in the heterogeneous model. There-
fore, a simple iterative computational algorithm was used to compute the intrinsic
rate constant from the reaction rate equation provided by the manufacturer |23]. The
procedure is described in [24].

3. Physical Properties Evaluation

An evaluation of the physical properties for the model solution is described, also
diffusion coefficients calculation, and external mass and heat transfer coefficients are
discussed.

The transport parametcrs for this model were evaluated using a corresponding
state conformal solution procedure [29-31] to predict the transport coefficients of
fluids, and mixtures. This is based upon the work of Ely and Hanley [18]. The
approach is predictive, and the only input data required are the critical paramcters,
molecular weight, Pitzer's acentric factor, and for thermal conductivity, the ideal gas
specific heat.

The Prandd number P, was computed as
G
F

The binary diffusion cocfficient of cach component is computed by the simple
relation:

P

r

03 TVS[(M, + M_ Y M, M, |\?
b= - ° 8 cm’/ sec 20

AR P(( Zv,\ }o 4 (ZUB )3 )2

Where v, are the values of atomic and structural diffusion-volume coefficients [24].

The value of the diffusion of each component in the mixture is calculated by the
relation |32]



= ): —r (22)
D. . j=1j#i

where
X; = Mole fraction of each component
D, ; = The binary diffusion coefficient

The simplified relation was found to be adequate for the present simulaiton and
optimization study, 4 more rigorous “dusty-gas™ model will complicate the computa-
tion without appreciable improvement to justify it.

Correlations for both mass and heat transfer coefficients k,.h are found empiri-
cally from the mass and heat transfer factors I, and I, correlations which are defined
as:

PM
Ty =k, (Sc)*? (23)
G
h
Jy=——(®)" 29
C,G

where
D, i = Diffusion coeff. for each component in the mixture

The values for the I}, J;; are nearly equal and they are computed as functions of the
Reynolds numbers (Re)

J,=1,=0989Re®* for Re>350
=1.820Re®® for Re< 350 (25)

where

Gd
Re=——P (26)

Gp
The cxternal mass transfer in the pellet equation takes the form
(-Np) =k (Cy ~Cp) (27)
and the cxternal mass transfer coefficient is calculated by this relation:

K=K, (RGT) (28)



Where T = The average temperature for catalyst bed
The effective diffusion coefficient is computed from the following equation [33)
D, €

DL,zoﬁ = = Dl-za (29
T

where

D, ;.= The effective bulk diffusion within catalyst

Dy, = The diffusion coefficient
£ = Porosity of the catalyst pellet
t = Tortuosity factor
4 = Diffusibility

0.041 By experimental investigations [33-35]

For the shift reaction under consideration, the y,B parameters are equal to
2.97,0.0104 respectively. Sh, Nu, and ¢ vary along the length of the reactor and from
one reactor to another, and the values are in the range, 30-50, 0.25-0.4, 7-10 respec-
tively.

The difference between the temperature at the internal collocation point and
the bulk temperature varies with the physico chemical and operating variables, with
position of the particle along the length of the reactor and particle size, it is in the
range 6-10°C.

4. Computer Program

In the reactor modcling field, most of the commercial packages available to the
industry are based on over simplified models or even empirical relations. The pre-
sented package is based upon sophisticated heterogeneous madel which takes into
consideration interphase and intraparticle resistances.

The amount of memory needed for this package is around 195 Kb, and it can be
used from a hard disk, or a floppy drive.

The computer program in general is an interactive, easy to use application prog-
ram with the necessary data base for the physico-chemical parameters, prompting
the user for nceded information. It is menu driven with choices based upon different
types of problems. Itis driven by the choices made by the user with the function keys.
Maost of the screens in the program are graphic based screens with colors. The prog-



ram structure has three distinct scetions, namely input, calculation, and output, as
shown in Fig. 1.

START
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Fig. 1

The input section is for data entry and validation by the user. It starts with the
problem type choice which is done through menu selection with the option for
reviewing and changing the selection. Once the choice is final, then the data are
entered either directly, or through the use of data file which is just an ascii filc with
required data in sequentjul order. In the case of direct entry, a screen with fields is
presented to the user to fill in the data. The data is verified item by item with the
choice of input restriction to a range of values. With the choice of data file, the name
of the file is requested and data is read from the file. The data is also validated and
error messages are flagged to the user if there is a file error, at which the user can
reenter file name or take appropnate action. A verification screen with the data
available to the user is presented in order Lo edit problem input or change program



Jefaults. The program defaults are made for general use, but it can be modified if one
has a better knowledge of the problem in hand. Fig. 1 is  flow chart for the input scc-
tion.

In the calculation section the program starts by evaluating the physical proper-
ties at the feed conditions. With these properties, the program proceeds to solve for
the effectiveness factor corresponding to the bulk concentration at the top of the
reactor, then solve for the bulk concentration through the bed at the next step,
evaluating all other concentrations and temperatures. This procedure continues
toward the cnd of the bed one step at a time. In each step the physical properties are
updated through calls to the physical properties routine, and effectiveness factor is
computed at each step. After the solution converges, the program procecds to the
next step, each time showing the user intermediate results consisting of bed section,
conversion, temperature, carbon monoxide concentration. Also time and number of
internal iterations are displayed. At the end, the program proceeds to the output
phase.

5. Results and Discussion

Tn this section the results are discussed for the industrial rcactors verifications.
The results for the optimum adiabatic feed temperature are discussed. The optimum
and constrained optimum temperature profile operation are alsa computed.

5.1. Industrial Reactors Verifications

The package was tested against five industrial reactors, in two different plants in
Saudi Arabia, the specifications of the reactors are listed in Table 1. Thesc reactors
are industrially operating reactors with different feed compositions, and different
operating conditions. The fecdstock is different to each reactor. The catalyst activity
depends upon very complex and interacting phenomena, this is discussed in detail in
many papers and texts dealing with catalyst activity [26,36-40]. The effect of catalyst
type, composition, and structure on the catatyst activity and the implication of these
effects on the extent of generality of the mode! prediction will be discussed in a forth-
coming paper. The program was able to simulate these reactors quiet accurately.

The simulation results for the five reactors are given in Table 2. It is clear from
these results that simulation results are close to the industrial results. The maximum
“deviation is less than 0.6% in the exit conversion, and 1.05% in the exit temperature.
These deviations arc based on plant measurements which have uncertainty higher
than these deviations. In two of these reactors, the cxit concentration of carbon
manoxide could not be measured by plant operators, and reported as traces. Fig. 2
is a temperature profile simulation across the bed for the five reactors mentioned
above. Figure 3 is the conversion profile for these reactors,

The quantity of low temperature shift catalyst installed in commercial reactars
is generally three to six times greater than the volume required kinctically to achicve



Table 1. Reactors specifications

Renctors R-I R-11 R-TII R-IV R-V
Feed (Moles)
Carbon

Monoxide 1.27 1.74 1.36 1.42 222.62
Waler 36.76 33.87 38.08 .. 4354 &
Carbon

Dioxide 10.5 v 5.88 588 1568.92
Hydrogen 3803 52.69 53,53 51.53 535322
Methane 0.23 2.55 0.99 1.05 36.47
Nitrogen 13.03 [ i) i+ 1810.96
Argon n16 0 [\] 0 23.07
Reuctor
Temperature 458,661 475.95 47315 475.15 493,66
Pressure 19435 23N 231 2311 22.863
Flow rale 18RS 757975 757.975 757.975 1710
Diameter 274.32 365.8 365.8 3658 274.32
Depth 1476 304 8 3.8 348 1476
Caralyst
Pelletdiam. 0.44091 0.449 0.449 0.449 0.4400
Surface area 35.0 28.95 235 235 327

Table 2, Output values

Reaclors R-1 R-IT RN R-AY R-V

Conversion

Operation 93.70 88.33 Trace Trace 95.60
Simulation 94.23 Y2.57 95.09 95.00 .31
Yadev -0.57 —4.80 - 5.53
Exit Temp

Crperation 478.00 494,25 490.15 492.15 50750
Simulation 48300 495,50 489.10 401.76 512.12
Yodey -1.05 =0.25 0.21 0.08 -0.91

design performance. As a result of this excess volume, low temperature shift catalyst
do not show predictable rates of activity decline. As shown in Figure 3, the required
conversion is achieved almost at the first half of the bed, with conversion changing
slightly through the end of the bed.
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5.2. Optimem Feed Temperature for the Adiabatic Reactor

In an adiabatic reactor, and for a certain feed composition, and flow rate, the
system can only be controlled through the feed temperature. In an cffort to find the
optimum adiabatic feed temperature for these operating reactors, with the output
conversion as the objective function, the results listed in Table 3 are abtained, the
corresponding conversion profiles are plotted in Figure 4. The dimensionless
optimum feed temperature ranges between 0,85 10 0.9 of operating feed temperature
value. A decrease of feed temperature by 10%, in the case of reactor I, results in an
increase of only 2.6% in exit conversion. In the case of reactor I1, decreasing the feed
temperature by 10%, results in an increase of 8.6% in exit canversion. In the case of
reactor V, a decrease of 15%, results in an increase of 1.39% in exit conversion.
These results show that these reactors are operating with temperatures higher than
the needed optimum. A decrease of operating temperatures results in a higher con-
version. The increase of temperature will increase the rate of reaction, but at the
same time a decrease in temperature will increase the equilibrium constant, since this
reaction is reversible, and exothermic. These competing cffects results in the possi-
bility of decreasing the operating temperature with an increase in the ¢xit conver-
sion.

Table 3. Opti diabatic feed (emperature

Reactors R-I R-II R-II R-IV R-V
Temp. (K)

Operation 478.00 494,25 490.15 49215 507.50
Optimum 437.48 44904 442 .49 444 98 44008
Adiabatic

T-opt (adiab)

T-operations 0.9 0.90 0.90 0.90 .83
Conversion

Operation 93.70 84.33 Trace Trace 95.60
Optimum 96.20 95.96 97.30 97.26 96.93
Adiabatic

% Increase 2.67 B.64 - - 1.39

5.3, Optimwn Temperature Profile

The optimal temperature prefile along the length of the reactor can be obtained
through the criterion of choosing the temperature at each point along the length of
the reactor, that gives the maximum ratc of reaction at this specific point [24]. The
mass balance equation of the reactor is given by:
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—40
—20
o} o
] | 1 | 1 L
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Fig. 4
dX  /dz= — anexp(v(1-1/Y ))(X AhXBb-XCbXDbeh) (30}

where
K, = exp (a + b/Y,)

=(—4.72+8640/T) Tin"R
and the X's are fractional conversion. The intrinsic rate of reaction is:
r = gexp(y(1-1/Y INX Apn, X, Xp,/K) (31)
If this rate equation is differentiated with respect to (Y, ), and the derivative set to

zero, the optimum valuc for (,) at each point along the length of the reactor is
obtained as:



b

Y, (32)

Optimuir =

Iny-a
Where (y7) varies with the axial position (z} and is given by
Y= X Xpy (v + DIWX, Xy (33)

(Note: Rigurously it is r-n which should be differentiated with respect to y, to obtain
the optimum temperature, however this complicates the optimization algorithm con-
siderably without having any appreciable cffcct on this reactor. This statement can
not be generalized since for the ammonia synthesis reactor Elnashaie ef al. [41] found
that optimization with respect to r-n improves the performance of the reactor by 3-
4%.)

Integration along the length of the reactor gives the optimal temperature pro-
file, and the maximum exit conversion. The optimum temperature profiles were cal-
cualted for the different reactors and the results arc given in Table 4, and Figs 5 and
6. The cxit conversion increascs between 3% to 8% for different reactors, over the
operating conversion.

The optimal temperature profiles obtained pose the practical preblem of how to
implement this optimal temperature policy. The optimal temperature profiles
ohtained suggest that the reactor should be operated with a relatively high feed tem-
perature followed by very cificient cooling to decrease the temperature sharply at the
first 5% of the reactor depth. The implementation of this optimal policy is techni-
cally very difficult and very expensive. A number of suboptimal policies were
suggested and discussed [27] to overcome the disadvantages of the optimal policy.
One of the technical problems associated with optimal temperature is the very high
temperature at the reactor inlet part which the catalyst may not be able to withstand.

5.4. Constrained Optimum Temperature Profile

To obtain a realistic optimum condition, a constrain must be imposed upon the
maximum allowable catalyst temperature, and other operating and physical limita-
tions. The constrain is in this case taken to be T'st 560°K. The results shown in Table
4, Figurcs 7 and § arc obtained for the different reactors. The change in exit conver-
sion decreases by less than 0.5% from the absolute optimum case. This small
decrease in exit conversion, is small price for the optimum valucs to be closc to realis-
tic conditions. This policy is obtained through imposing the constrainl during the
computation of the temperature profile since all points after the constrained portion
are dependent upon the results of this portion. This policy can be considered subop-
timal with regard to the unconstrained policy.



Table 4. Optimum and constrained optimum values

Reactors R-1 R-II R-111 R-1V R-V
Conversion
Operation 93.70 88.33 Trace Trace 85.60
Adiabatic 94,23 92.57 95.09 95.00 90.31
Optimum 97.67 97.30 97.90 9R.27 98.13
% lnerease

over

adiabatic 3.65 5.1 2.9 3.4 K.66
Constrained

opt. 97.64 y?.29 98.30 98.34 98.12
Inereasc

Uver

adiabatic 3.62 3.10 3.38 3.52 8.65
% Change

from

Optimum -0.03 -0.mn 0.41 0.07 =0.01
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5.5. Conclusions

The heterogencous one dimensional model developed and the consideration of
the variation of the various physical properties along the length of the reactor given
excellent matching with five operating industrial reactors using catalysts which arc
quite close to cach other in composition and activity. The difference between the five
reactors with respect to different operating conditions are accounted for in the over-
all reactor model. The difference in pressure and catalyst specific surface area are
accounted for in the effectiveness factor through the Thiele Modulus, To use the
madel for cases with catalyst of different composition and structure the catalyst activ-
ity shouid be determined cxperimentally and inserted into the model. The relation
between the catalyst activity and its composition and structure is discussed in a forth-
coming paper,

The quantity of low temperature shift catalyst installed in commercial reactors
is generally threc to six times greater than the volume required kinetically to achieve
design performance. As a result of this excess volume, low temperature shift
catalysts do not show predictable rates of activity decline. In actual practice, the
change in bed temperature profile with time is the only reasonable indicator of activ-
ity decline. In spitc of activity decline in the upper portion of the catalyst bed, the CO
slip from a given reactor is maintained very near equilibrium values for prolonged
periods of time due to the high activity level of the unaffected portions of the catalyst.



The software package developed on the basis of this model is flexible and is easy
to use and suitable for simulation, design, optimization, and training.

The use of the package Lo study the optimum performance of the reactors shows
that optimization bused on the adiabatic operation can be achie ved only through the
manipulation of the feed temperature with a possible improvement over the existing
operation of 8%.

The absolute optimum temperaturc profile gives considerable increasc in con-
version of all reactors with the maximum increase in conversion of 8.66% occurring
for reactor V. Obviously such an operation must be non-adiabatic. The constrained
optimal policy that takes into consideration the maximum allowable temperaturc of
the catalyst gives results which are very close to these at the absolute optimum, (¢.g.
increase of conversion over operating conversion of the fourth reactor being 8.6%).

The improvement using non-adiabatic constrained optimal temperature profile
are considerable. However for this non-adiabalic operation a two dimensional mudel
for the reactor should be used. The software package is being developed to add the
option of using a two-dimensional heterogeneous model for the nun-adiabatic case
|421.
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